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The wet air oxidation of phenol over a commercial active carbon catalyst has been studied in
laboratory-scale and pilot-plant fixed-bed reactors at mild temperatures and oxygen partial
pressures of 120—160 °C and 0.05—0.2 MPa, respectively. The performances of the fixed-bed
reactors have been assessed and compared to each other for both up- and downflow operation
mode. Depending on the flow mode and reactor scale, distinct phenol destruction rates have
been observed in the experiments. A series of batch experiments are carried out to obtain phenol
removal kinetics, which are subsequently implemented in the modeling of the pilot-plant fixed-
bed reactor. A one-dimensional, nonisothermal piston dispersion model is developed to describe
in detail the interplay of reaction kinetics, gas—liquid hydrodynamics, and heat and mass transfer
in both flow directions. The model predicts reasonably well the experimental data, thus allowing
for a thorough explanation of the observed pilot-plant reactor performance.

1. Introduction

The increasing release of organic pollutants contained
in many industrial end stream effluents has been the
driving force for developing alternative effluent treat-
ments prior to their discharge to conventional biofilters
or sewage plants. A suitable destruction of such pollut-
ants is catalytic wet air oxidation (CWAOQO) at mild
operating conditions and attractive process economics.!
Recently, catalysts with improved stability in CWAO
of phenol and various substituted phenols have been
developed based on noble metals,? mixed oxides,® or
active carbon (AC).# By employment of AC, unit opera-
tions of adsorption and reaction are naturally combined
in an adsorptive oxidation reactor. CWAO over AC
becomes especially attractive when integrated in ad-
sorption—oxidation cycles® or biological end treatments®
because complete mineralization of organic pollutants
by CWAO alone is no longer required.

In most CWAO studies,*"~? fixed-bed reactors (FBRs)
have been preferred over slurry or fluidized-bed reac-
tors. Also, several aromatic pollutants show the ability
to undergo homogeneous condensation reactions via
oxidative coupling,!? and large catalyst-to-liquid ratios
as in FBRs are required to limit these side reactions
and fast catalyst deactivation.’ To properly design and
operate industrial CWAO units, the pilot-plant reactor
performance and modeling of continuous FBRs must be
assessed. At present, most of the work on CWAO has
been focused on catalysts and kinetic analysis rather
than on the understanding of the overall reactor per-
formance.l! The studies that are related to process
analysis often cover only a specific reactor aspect,3?
simplify reactor modeling,'?> or do not provide any
experimental results to support model predictions.13
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Thus, the aim of this work is to thoroughly investigate
CWADO of phenol over AC in both a small-scale and a
pilot-plant FBR and to carry out detailed reactor model-
ing to understand the complex interplay of reaction
kinetics, intraparticle and interphase heat and mass
transfer, and gas—liquid hydrodynamics.

2. Experimental Section

2.1. Materials. Deionized water and analytical-grade
phenol (Aldrich) are used to prepare 5 g/L. phenol
solutions. The oxidant was either compressed high-
purity air (Carburos Metalicos, Linde Gas) or pure
oxygen mixed with pure nitrogen (Linde Gas). AC (d,
= 1.5 or 2.5 mm) was purchased from Merck (Reference
Nos. 2514 and 2518; ash content 3.75%; Brunauer—
Emmett—Teller specific surface area 990 m?%/g; pore
volume 0.55 cm?/g; mean pore diameter 1.4 nm). Phenol
adsorption tests under an air atmosphere have shown
a maximum capacity of 370 mgpn/gac at 20 °C. Prior to
experiments in a small-scale trickle-bed reactor (TBR),
the AC particles are crushed and sieved to obtain the
0.3—0.7 mm fraction. Each sample is washed, dried at
110 °C for 12 h, and stored under an inert atmosphere
at room temperature. For the pilot-plant experiments
and batch kinetic study, the 1.5 mm particles are sieved
to get the 1.25—1.6 mm fraction (D[4,3] = 1.0 mm by
Mastersizer 2000, Malvern).

2.2. Catalytic Reactors and Operating Condi-
tions Used. Table 1 gives the range of operating
conditions used in the kinetic and scale-up studies.

Batch Basket Reactor. For the determination of
intrinsic kinetic parameters, batch phenol oxidation is
performed in a stirred autoclave (Parr Instruments)
using the 1.25—1.6 mm fraction of AC to reduce fast and
continuous catalyst deactivation as previously reported
with powder.? Details on experiments (see also Table
1) and results are presented elsewhere.!4



Table 1. Reactor Type and Operating Conditions Used in
the Kinetic and Scale-up Study

batch reactor small reactor pilot plant
V, cm3 300 20 600
Dg, cm 6.2 1.1 2.54
Ly, cm 10 20 120
Weat, kg 9 x 1073 7 x 1073 0.325
dp, mm D[4,3]=1.0 0.5 D[4,3]=1.0
€p 0.53 0.53 0.53
Cphyo, g/L 2.5—-5 5 5
Po,, MPa 0.1-0.35 0.1-0.2 0.05—0.2
T, °C 130—160 120—160 120—160
Qg, NL/h 60 9 50—200
Ug, MM/S 5 5—-25
Fi, kg/h 0.015-0.15 0.5-3.5
w1, mm/s 0.04—-0.5 0.3—2
7,h 0.04—-0.6 0.1-0.7
G—L flow up, down up, down

Laboratory-Scale FBR. CWAO of 5 g/L. phenol
solutions has first been conducted in a small laboratory-
scale reactor placed in a temperature-controlled oven
(£1 °C). The reactor is filled with 6.6—7 g of AC retained
between two sintered metal disks. A detailed reactor
scheme is available elsewhere.’® The oxidation tests
have been performed in downflow and upflow modes at
constant temperature (120, 140, and 160 °C) and oxygen
partial pressure (0.1 and 0.2 MPa). The air flow rate
is set at 2.4 mL/s (STP) to ensure 100—250% oxygen
excess for complete phenol oxidation. The liquid flow
rates selected correspond to space times and liquid
superficial velocities of 0.04—0.6 h and 0.04—0.55 mm/
s, respectively. At a fixed liquid flow rate, the reactor
is rapidly heated, while saturation of the AC bed with
phenol and oxidation reactions requires 20 h to reach
steady state. To obtain conversion—space time profiles,
the liquid flow rate is varied. After each change, the
evolution of the phenol concentration is monitored to
detect the new steady state of the reaction, which,

depending on the liquid flow rate, is achieved within
2—4 h. The liquid-phase composition is immediately
analyzed by taking three samples at steady-state condi-
tions. The experimental error in the phenol and chemi-
cal oxygen demand (COD) concentrations is evaluated
to be +5%.

Pilot-Plant Reactor. A pilot-plant reactor of 2.5 cm
diameter and 120 cm length (see Figure 1) has been
designed, constructed, and tested. The reactor tube is
filled with 325 g of AC. The reactor tube is covered with
a double-jacket annular heater, where hot thermal oil
at 120—160 °C oil is pumped through at a high flow rate.
Nonisothermal reactor operation results from feeding
of the gas—liquid mixture at room temperature. The
oxygen partial pressure ranges from 0.05 to 0.2 MPa,
the liquid space time from 0.1 to 0.7 h corresponding to
superficial velocities of 0.3—2 mm/s, and the inlet gas
superficial velocity from 5 to 25 mm/s. The pilot unit is
designed to operate in upflow and downflow modes of
gas—liquid flow by means of five three-way valves
located along the gas and liquid circuits (see Figure 1).

Several temperature sensors and sampling valves
have been mounted along the reactor to measure the
concentration and temperature axial profiles under
nonisothermal conditions and wall-to-bed heat transfer
in both flow modes. Liquid sampling is also done after
the gas—liquid separator. To vary the oxygen partial
pressure, the total pressure (measured in the gas outlet
of the separator and controlled by a proportional—
integral—derivative) and/or the composition of the Og/
Ny inlet mixture are adequately adjusted. Gas and
liquid flow rates are set and measured by mass flow
controllers and a precision liquid pump and balance,
respectively.

The start-up of oxidation experiments in the pilot
plant consists of saturating first the AC for 10 h under
a nitrogen atmosphere at reaction temperature. Once
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Figure 1. Experimental pilot-plant reactor (upflow mode): (1) jacketed packed-bed column; (2) gas—liquid separator; (3) liquid storage
tank; (4) condenser; (5) gas mass flow controllers; (6) feed tank; (7) balance; (8) dosing pump; (9) sampling device; (10) liquid sample
valves; (11) pneumatic valve; (12) expansion vase; (13) gear pump; (14) heater; (15) cooling exchanger; (V1—V5) three-way valves for

upflow or downflow mode.



the phenol breakthrough is observed, air or a Oo/Ny
mixture is fed instead of nitrogen. The phenol concen-
tration at the reactor outlet is measured each 30 min
until steady state of the reaction is reached (after 1—4
h depending on the operating conditions). Then, the
liquid or gas flow rate is set to a new value. In this way,
about 50 experiments have been carried out to investi-
gate the influence of temperature, oxygen pressure, gas
and liquid flow rates, and flow direction on the reactor
performance. During the experiments, liquid and gas
flow rates and temperatures are monitored online using
a microcomputer data acquisition system.

2.3. Analysis. Exit liquid samples are analyzed with
a high-performance liquid chromatograph using a Cis
reverse-phase column (Spherisob ODS-2 or ProntoSIL
C18 AQ) to obtain concentrations of phenol and inter-
mediates. The separation is achieved with a mobile
phase of variable composition programmed at 1 mL/min,
using as eluants acidified deionized water and acetoni-
trile or methanol. Compounds are detected with UV at
wavelengths of 210 nm (intermediates) and 254 nm
(phenol). A standard mixture of phenol and oxidation
products is periodically tested. The liquid stream is also
analyzed for the remaining COD.

3. Model Development

3.1. Kinetic Model. In agreement with previous
kinetic studies,!® a simple power law is convenient to
accurately describe the phenol destruction over AC
assuming a first order of phenol, while the oxygen order
has to be determined by the optimization algorithm. The
first order of phenol is also confirmed when plotting the
logarithm of the phenol concentration as a function of
time (not shown here). The following rate equation can
thus be proposed:

R ~ko xp| ) Cry x5, (1)

phenol

The values of the Weisz modulus (0.45 < ¢' < 1.5) at
the initial time, with oxygen being the limiting reactant,
indicate that the reaction occurs in the intermediate
diffusion regime. The intrinsic kinetics of phenol oxida-
tion is thus derived using a batch reactor model that
accounts for transient diffusion of both oxygen and
phenol inside the catalyst pores.® In the model, spheri-
cal geometry is assumed with D[4,3] = 1.0 mm as the
reference diameter and a tortuosity value of 3 to
evaluate the effective diffusivities of oxygen and phenol.

A 0.5 oxygen order has been identified to match best
the phenol concentrations obtained at 140 °C and 0.1—
0.35 MPa of oxygen partial pressure. The activation
energy and frequency factor for phenol oxidation are
respectively 74 kd/mol and 3.75 x 10° m3/(s kg).

3.2. Reactor Model. The present nonisothermal
model is based on previous work.!315 The model param-
eters of interest are the axial liquid-phase temperature
and the axial liquid-phase concentrations of dissolved
oxygen and organic compounds, in particular the con-
version of the phenol reactant. The model reflects the
complex interplay of reaction kinetics, gas—liquid hy-
drodynamics, and heat and mass transfer on both the
pellet and reactor length scales. Splitting of the total
liquid holdup into stagnant and dynamic parts, as well
as partial wetting for the downflow mode, is considered
to establish weighted effectiveness factors that address
both the gas- and liquid-limiting reactant situation.

Furthermore, to simulate nonisothermal reactor opera-
tion, two limiting cases of water vaporization are
described, i.e., instantaneous vapor—liquid equilibrium
and progressive axial saturation of the gas phase with
water.

On the whole, the model accounts for (i) static and
dynamic liquid portions, (ii) constant partial catalyst
wetting in a trickle-flow regime throughout the reactor;
(ii1) axial dispersion in the dynamic liquid phase; (iv)
pore diffusion and gas—liquid and liquid—solid mass
transfer; (v) axial concentration and temperature gra-
dients but no radial gradients (Dr/d, = 25); (vi) heat
transfer between the catalytic fixed bed and reactor wall
(at constant wall temperature); (vii) instantaneous
water vapor—liquid equilibrium or mass-transfer-
limited axial saturation of the gas phase with water.

The following assumptions have been made in the
model development: (i) stable catalyst activity; (ii)
complete internally wetted catalyst pores; (iii) no tem-
perature gradient between the gas, liquid, and catalyst;
(iv) negligible pressure drop, i.e., the total pressure is
constant; (v) ideal gas-phase behavior; (vi) nonvolatile
organic reactants.

For simulations presented in the following sections,
only complete mineralization of the reacted phenol to
HsO and COg is considered because intermediates
represent in most cases less than 20% of total COD and
do not significantly increase at high phenol conversion.

Pellet-Scale Model. For simultaneous diffusion and
reaction of reactants and products within the liquid-
filled pores, the following mass balance equation has
been solved, assuming spherical symmetry:

J
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Equation 4 accounts thus for the effect of stagnant liquid
pockets and partial wetting without the need of assum-
ing a limiting reactant. However, this approach consid-
ers a uniform concentration of reactants on the catalyst
surface (required by the use of a one-dimensional dif-
fusion model) assuming infinite tangential diffusion.
Equation 4 for the boundary condition at the particle
surface is based on the reactant concentration j in the
liquid or gas bulk, which has to be calculated by the
reactor-scale model. To link the fluid and surface
concentrations of each compound j, a weighted effective-
ness factor that accounts for the fluid—solid mass-
transfer resistance is defined for each of the fractions
of the pellet surface in contact with the liquid or gas
phase:
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Reactor-Scale Model. Axial dispersion in the liquid
phase can alter the reactor performance, and the one-
dimensional piston dispersion exchange (PDE) model
has been used. The gas phase is assumed to be in plug
flow. If catalyst wetting is not complete as in the trickle-
bed regime, the following equation results for the oxygen
gas-phase concentration:
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The dynamic liquid concentrations are given by the
following mass balance equation, which includes axial
dispersion:
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For the stagnant liquid pockets that may exist on the
reactor length scale, the convection term drops out and
algebraic equations describe the stagnant liquid con-
centrations:

”?PbR; - [kLa

(ka)y(C§ = CH + nip,R; =0 (8)

Finally, on the basis of work by Van Gelder et al.,!”
the energy balance for the pseudohomogeneous gas—
liquid fluid incorporating water evaporation and bed-
to-wall heat transfer gives

hA
V—R(T T,) =0 (9)

The apparent rate of the ith reaction (riF) is calcu-
lated from stoichiometry and the compound overall
reaction rates (7;R;). Here, as mentioned before, only one
reaction of complete oxidation is considered. With the
thermal fluid being circulated at a high flow rate
through the thermally isolated double jacket, the reactor
wall temperature remains constant.

The water evaporation rate (¢) per unit reactor length
is determined assuming that the gas stream either
reaches instantaneously liquid—vapor equilibrium or is
progressively saturated while flowing through the cata-
Iytic fixed bed.

When the total molar gas flow rate is denoted by 7§
and the water vapor molar flow rate by n{ o, then the
following equality must always be fulfilled in the case
of instantaneous saturation of the gas stream with
water vapor:

Mo Pho

n& Py

(10)

If the mass transfer of water from the liquid phase
to the gas phase is not fast enough, the gas phase
becomes progressively saturated along the axial reactor
coordinate, leading to

1 90 . P o(T) _
Z dZ +kGa CHZO_T =0 (11)
7,0 P,
g —_"27 " 1
Cho 2 BT (12)

The total system pressure Pr, being only marginally
affected by the pressure drop throughout the bed under
the given operating conditions, is considered to be
constant in the model.

Neglecting incomplete cold gas saturation, it follows
that

0 = (tfi,0lme + [y 0(2) dz (13)
nf = (WBe + [ 9(2) dz (14)

The fluid temperature and the total molar gas and
liquid flow rates undergo changes along the FBR length,
and the gas and liquid superficial velocities have to be
adjusted accordingly. For the gas phase, the axial
variation of the superficial velocity is calculated assum-
ing ideal gas behavior:

_V, niRT
“=A T PA (15)

Differentiation leads to

du RT ngR qT
8 __ 8L
TP +PTAdZ (16)

For the dynamic liquid phase, the change in the

superficial velocity is calculated respectively using the
liquid density of pure water:

du, _ d (™ ﬁd _d_T_|_i% a7
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The boundary conditions for the reactor-scale model
are as follows:

At the reactor entrance (z = 0):

C'gOZ = (Cgoz)inlet (18)
ad 8C]d
ul(C Jintet = u1C l=o+ — €1aD . (19)
T= Tlnlet (20)
At the reactor outlet (z = Ly):

acy

—=0 (21)
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Table 2. Values of Physical Properties in the Range of
Operating Conditions Used

property 120 °C 140 °C 160 °C ref
oH,0, kg/m? 943 926 908 18
um,0, Pas x 104 2.34 1.93 1.75 18
01,0, N/m x 102 5.69 5.38 5.08 18
P,0, MPa 0199 0362 0619 18
cpl, kd/(kg K) 4.24 4.28 4.34 18
Cpg> kJ/(kg K) 1.05 1.05 1.05 18
AHY, kJ/mol 40.2 39.13 38 18
AH®m ¢ kJ/mol —-3000  —3000  —3000 18
Do, m%s x 1078 1.72 2.35 3.12 19
Dihenol, m%s x 1078 0.528 0.671 0.779 18°
H, MPa x 1073 6.83 6.25 5.53 20

@ Heat of phenol combustion to form COy and H20. ® Wilke—
Chang, 1955, in ref 18.

Physical Properties, Hydrodynamic and Mass-
and Heat-Transfer Parameters. Pure water and air
or gas mixture properties are considered for the bulk
liquid and gas phases. Water and gas heat capacities,
water heat of evaporation, heat of phenol combustion,
water vapor pressure, water density, and phenol diffu-
sion coefficients have been obtained from data or
methods included in work by Reid et al.!® Dissolved
oxygen diffusion coefficient and Henry constants for
oxygen solubility in water are taken from work by Diaz
et al.’® and Himmelblau,2? respectively. Table 2 gives
values of these parameters calculated for the temper-
ature range studied.

The quality of the prediction of the packed-bed model
depends primarily on the accuracy of the involved model
parameters. Kinetic parameters have been assessed
from suitable experiments.!4 For the other key param-
eters, the available literature correlations have been
examined to select appropriate values. However, this
turns out to be a difficult task because there can exist
a very large dispersion between the results calculated
from the specific correlations. Hydrodynamic and trans-
port parameters strongly depend on the nature of the
gas—liquid flow through the bed. For cocurrent two-
phase upflow and bubble-flow regimes, the liquid phase
is continuous and the packed-bed column operates with
high liquid holdups and fully wetted pellets. External
mass transfer and axial dispersion are thus gaining in
importance. When the packed bed is operated in a
trickle downflow regime, the gas phase becomes the
continuous phase and partial wetting of the pellets may
occur. In this situation, external mass transfer and axial
dispersion can be less influent, whereas the pellet

wetting efficiency is thought to be crucial for the reactor
conversion. Table 3 lists both the literature correlations
selected and a set of values of key model parameters.

3.3. Numerical Solution. The PDE model in com-
bination with the classical pore diffusion model is
applied to describe the performance of the packed-bed
pilot-plant reactor. A sequential approach is performed
to numerically solve the corresponding equation system.

The pellet- and reactor-scale models lead to a set of
algebraic—differential equations that involve nonlinear
reaction rates. To solve these model equations with
boundary constraints, the robust numerical method of
orthogonal collocation on finite elements has been
used.2! In most situations, eight collocation points have
been sufficient to readily obtain model convergence for
both reactor and pellet length scales with only one finite
element.

4. Results and Discussion

4.1. Phenol Oxidation over AC in Laboratory-
Scale FBRs. Catalytic Performance of AC in a
TBR. The phenol conversion space-time profiles ob-
tained in downflow operation are given in Figure 2 for
oxygen partial pressures and temperatures of 0.1 and
0.2 MPa and 120, 140, and 160 °C, respectively. The
phenol destruction is seen to improve strongly with
increasing temperature, pressure, and liquid space time.
At low conversion of phenol, mineralization of the
reacted phenol to COy and H20 is almost complete,
while the difference between the phenol and COD
conversions becomes larger as the phenol conversion
increases. At 160 °C and 0.2 MPa, phenol and COD
destructions beyond 99% and 85%, respectively, are
achieved for space times greater than 0.4 h. Compared
to recently developed catalysts,!! the AC studied dis-
plays thus a comparable or even better catalytic per-
formance in phenol CWAO at 160 °C but a significantly
lower oxygen partial pressure of 0.2 MPa.

The main intermediates detected are 4-hydroxyben-
zoic acid (because of some interaction with AC, 4-hy-
droxybenzoic acid usually not being found with other
catalysts), benzoquinone, and maleic, formic, and acetic
acids as well as traces of hydroquinone, catechol, and
oxalic acid. The AC catalyst exhibited accumulation of
refractory acetic acid, which accounts for 15% of the
liquid-phase COD remaining at the highest phenol
conversions.

Comparison of a TBR and a Flooded-Bed Reac-
tor. Gas—liquid hydrodynamic and mass-transfer pa-

Table 3. Parameter Values and Correlations Used in Upflow and Downflow Reactor Modeling of a Pilot Plant at T' =

140 °C, Py = 0.6 MPa, Q¢ = 100 NL/h, and Fy, = 0.5 kg/h

downflow operation mode

upflow operation mode

parameter
D24 m?%/s 2.2 x 107 Michell and Furzer,33 1992 6.4 x 1075 a
Deff(Ph/O9), m?/s (1.2/4.2) x 107? b (1.2/4.2) x 1079 b
kgs, /s 3.8 x 1072 Dwivedi and Upadhyay,3* 1977

(1.4/3.1) x 10~*
(0.9/2.1) x 1076

k(Ph/Os), m/s

kS (Ph/O,), m/s Tliuta et al. 36 1999

Tan and Smith,3> 1982

(3.2/7.3) x 107*
(0.9/2.1) x 1076

Specchia et al.,*! 1978
Iliuta et al.,3¢ 1999

(ka)y, s™1 1.0 x 1072 Hochmann and Effron,37 1969 1.0 x 1072 Hochmann and Effron,37 1969
kra, s™1 8.1 x 1072 Morsi,?° 1989 1.3 x 1071 Saada,?® 1972

€1 0.10 Ellman et al.,?8 1990 0.22 Yang et al.,*2 1989

€ls 0.05 Saez and Carbonell,3 1985 0.05 Saez and Carbonell,3 1985

fe 0.68 (or 1) El-Hisnawi et al.,*0 1982 1.0

hyw, W/(m?2 K) 1.1 x 102 d 5.1 x 102 Sokolov and Yablokova,2> 1983

@ Axial dispersion estimated by Stiiber2? (correlation derived from Syaiful*3). ® Calculated assuming tortuosity factor = 3. ¢ The static,
fs, and dynamic, f4, components of the wetting efficiency f were obtained from the approximation of Rajashekharam et al.:** fi/fy = ed/eiq.
d Estimated to match the experimental axial temperature profiles (the correlation of Mariani et al.2¢ is then used to calculate the variation

of hy within the range of operating conditions).
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Figure 2. Experimental phenol conversions in the downflow mode
at 0.1 and 0.2 MPa and different temperatures: (O) 120 °C; (O)
140 °C; (») 160 °C.
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Figure 3. Phenol concentration for downflow (open symbols) and
upflow (filled symbols) oxidation over AC at 0.2 MPa of Oq. Lines
indicate trends.

rameters are key parameters for the understanding of
the performance of FBRs. Here, it is shown with the
help of three-phase reactor flow maps that the TBR
always operated in the trickle-flow regime. Because of
its low solubility, oxygen though in large excess is the
limiting reactant, as calculated by Khadilkar et al.?2
In the trickle-flow regime, the external liquid holdup
takes small values of around 0.1 and the catalyst
wetting efficiency is estimated to range between 0.25
and 0.5 at the liquid flow rates used.?3:2* Because the
gas—solid mass transfer is generally 1 or 2 orders of
magnitude higher (see Table 3) than that at the liquid—
solid interface, the liquid-filled pores that connect to the
“dry” particle surface are always saturated with oxygen.
Partial wetting in the downflow mode should then
positively affect the catalyst performance. This trend
is clearly confirmed in Figure 3, which compares the
reactor performance for both a fully wetted upflow mode
and a partially wetted downflow mode. The downflow
mode occurring in the kinetically controlled regime
yields substantially lower phenol outlet concentrations
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Figure 4. Phenol conversion as a function of the liquid space time
for downflow (open symbols) and upflow (filled symbols) at
different oxygen partial pressures: (<) 0.05 MPa; (O) 0.12 MPa;
(0) 0.2 MPa. uginler = (1.1-1.2) x 1072 m/s; Ty = 140 °C. Gray
symbols show experimental results without correction by catalyst
deactivation.

(i.e., higher phenol conversions) in all conditions tested.
The fully wetted upflow mode is therefore limited by
the presence of gas—liquid mass-transfer limitations of
oxygen and probably some degree of axial dispersion at
the lowest liquid flow rates.

4.2. Scale-up of Phenol Oxidation over AC. The
phenol oxidation has also been performed in a jacketed
pilot-plant reactor to scale up the process and assess
its performance under eventually mass-transfer-limited
and nonisothermal conditions.

The experimental standard procedure, as described
in section 2.2, includes steps of reactor start-up, steady
state of the reaction, and regular control of the catalyst
activity. Steady-state conditions of the reaction are
verified through transient sampling. Transient periods
to reach steady state (from 1.5 to 4 h) mainly depend
on the liquid flow rate selected as well as the operating
conditions of the previous run, leading to different
preliminary adsorption times. The catalyst activity has
been regularly checked at the standard conditions of T
= 140 °C, FL = 1 kg/h, Qg = 100 NL/h, and P, = 0.12
MPa. No deactivation is observed at 120 and 140 °C
after more than 300 h of operation corresponding to 5 g
of phenol treated/g of AC. However, at the highest
reaction temperature of 160 °C, the catalyst activity is
quickly reduced by 20% after a few runs of 30 h in total.

In the experimental series, the four main operating
parameters (T, Po,, 41, and u,) and flow direction have
been investigated over a wide range of operating condi-
tions (see Table 1). In this way, a large set of steady-
state data have been obtained in the pilot-plant reactor.
The obtained phenol conversions are displayed as a
function of the liquid space time in Figures 4—6 for
different pressures, temperatures, and gas velocities,
respectively.

The most striking observation is that, contrary to the
small-scale FBR experiments, both upflow and down-
flow modes lead to very similar phenol conversions at
any condition. This result is confirmed by the standard
deviation between upflow and downflow that is calcu-
lated to about 12% without any correlation to the four
operating parameters studied. Another important dif-
ference is found for the distribution of reaction inter-
mediates. Phenol oxidation in the pilot-plant FBR
results in much less maleic acid but much more malonic
and oxalic acids. Also, the formic acid concentration is
double, whereas the acetic acid concentration is 4 times
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Figure 5. Phenol conversion as a function of the liquid space time
for downflow (open symbols) and upflow (filled symbols) at
different wall temperatures: (O) 120 °C; (O) 140 °C; (a) 160 °C.
Ugintet = (1.1—1.2) x 1072 m/s; Po, = 0.12 MPa. Gray symbols show
experimental results without correction by catalyst deactiva-
tion.
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Figure 6. Phenol conversion as a function of the gas velocity for
downflow (open symbols) and upflow (filled symbols) at different
operating conditions (T = 140 °C): ({) Po, = 0.05 MPa and F1, =
2 kg/h; (O) Po, = 0.12 MPa and F, = 1 kg/h.

less. Only the concentrations of aromatic compounds
remain similarly low in the two FBRs.

As expected from the batch kinetic study, phenol
conversion significantly increases with the partial oxy-
gen pressure (Figure 4) and temperature (Figure 5) in
rough agreement with kinetics. On the other hand, the
gas velocity has only a very small effect (Figure 6) in
both operation modes. If in the downflow mode external
mass-transfer coefficients are known to depend mostly
on the liquid velocity, a more marked positive effect
would be expected in the upflow mode. Actually, the
poor effect of the gas flow rate could be explained either
by the marginal effect of external mass transfer in
quasi-kinetic control or by its balanced influences on
mass transfer and on vaporization. This situation of
different external mass transfer and its effect on the
FBR performance will be detailed in section 4.3.

On the whole, it can be concluded that the scale-up
of phenol CWAO over AC based on a simple liquid
space-time analogy would lead to an erroneous reactor
design, which clearly highlights the need for the devel-
opment of detailed reactor models to predict the reactor
performance on different reactor scales.

4.3. Prediction of the Pilot-Plant Reactor Per-
formance. The pilot-plant reactor data have been
thoroughly analyzed with the detailed PDE model
developed in section 3.2. In addition to physicochemical
properties and thermodynamic and kinetic data, the

0 0.2 0.4 0.6 0.8 1 1.2
Z[m]
Figure 7. Axial temperature profiles for Po, = 0.12 MPa, Ty, =
140 °C, ugjintet = 1.1 x 1072 m/s (Q¢ = 100 NL/h), and Fr, = 1 kg/h.
Symbols show experimental results. Lines show simulation: up-
flow mode (filled symbols, solid line); downflow mode (open
symbols, short dotted line).

packed-bed reactor model requires the input of several
key parameters such as the wall-to-bed heat-transfer
coefficient, the liquid- and gas-side volumetric mass-
transfer coefficients, both for oxygen absorption and
water vaporization, and the liquid—solid mass-transfer
coefficient. For trickle-bed simulation, the situation is
even more complex, including partial catalyst wetting.
The accurate prediction of all of these parameters is a
critical task for successful reactor modeling. Various
correlations exist for the main model parameters,
although a dramatic spreading of up to 2 orders of
magnitude can result from their application, as in the
case of the volumetric gas—liquid mass-transfer coef-
ficient. A large difference is also found for the liquid
axial dispersion coefficient in upflow operation. More-
over, for the most refined trickle-bed model, some model
parameters cannot even be estimated because of the
lack of specific correlations.

In the case of phenol CWAO, heat-transfer and axial
temperature profiles may be analyzed separately be-
cause of relatively high heat transfer (small tube
diameter), very low heat production by reaction (diluted
phenol), and moderate heat consumption for water
vaporization. As shown in Figure 7, the predicted
temperatures fit well with the experimental tempera-
ture profiles when using the correlation of Sokolov and
Yablokova2® in the upflow mode and a modified correla-
tion of Mariani et al.26 in the downflow mode (divided
by 2). It clearly appears that upflow provides superior
wall-to-bed heat-transfer conditions (steeper tempera-
ture profiles); nevertheless, even in downflow the reactor
temperature reaches the wall temperature after about
30 cm of the catalytic fixed bed. Thus, as a first
approximation, the reactor can be considered to operate
quasi-isothermally.

The situation of gas—liquid upflow operation being
less complex will be examined first. The sensibility of
the reactor performance to oxygen mass transfer and
water vaporization is not straightforward. In the noniso-
thermal reactor zone (first 30 cm of the fixed bed), the
water vapor pressure increases exponentially and the
induced water vaporization reduces gradually the oxy-
gen partial pressure in the gas phase and at the same
time increases the phenol concentration in the remain-
ing liquid and the liquid space time. The effect of
vaporization is rarely accounted for in modeling and,
therefore, two vaporization rates have been imple-
mented and compared: either instantaneous vapor—



Table 4. Influence of kra, kga, and D24 on the Upflow
Model Conversion: Comparison with the Reference Case
and Experimental Conversion at T,; = 140 °C, Fr, = 0.5
kg/h, Qc = 100 NL/h, and Po, = 0.12 MPa

kralkia(Saada) kcalkia D2/D2d(Stitber) AXye (%)* AXyel (%)°

1 00 1 0 —5.5
1 5 1 7.7 1.8
1 1 1 26.7 19.7
0.2 [ 1 —84.3 —85.2
0.2 5 1 —56.2 —58.7
0.2 1 1 -15.5 —20.1
5 00 1 30.1 23

5 5 1 314 24.2
5 1 1 35.3 27.8
1 [ 4.2 —4 —9.3
5 1 4.2 26.9 19.8

@ Relative difference with respect to conversion obtained from
the simulated reference case of line 1. ® Relative difference with
respect to experimental conversion.

liquid equilibrium, i.e., infinitely fast vaporization, or
mass-transfer-limited vaporization, involving the gas-
side volumetric mass-transfer coefficient (kga). This
parameter is not well-known for either upflow or for
downflow, where it has been reported to be at least
equal to the liquid-side mass-transfer coefficient.2?

To assess the influence of water vaporization on the
upflow reactor performance, a set of simulations with
kca = kra, kga = 5kra, and kga = o (equilibrium) have
been carried out. The Saada?® correlation is used to
calculate k1a, and in the following, the obtained kra
values are multiplied and divided by 5. The results of
the sensitivity study are summarized in Table 4 for the
reference conditions of Ty = 140 °C, Q¢ = 100 NL/h,
and Pp, = 0.12 MPa. A lower liquid flow rate of Fy, =
0.5 kg/h has been selected both to achieve a larger
phenol conversion and to test the effect of axial disper-
sion in the liquid phase.

For the axial dispersion coefficients studied, only a
limited change of outlet phenol conversion (always less
than 7%) has been observed in the simulation runs.
Thus, it can be concluded that axial dispersion effects
do not play a significant role for phenol conversion under
the given operating conditions. Simulation results are
first compared with the reference case (kra from Saada2®
and instantaneous equilibrium and axial dispersion
from Stiiber??) and then with the experimental conver-
sion (last column of Table 4). With respect to the gas—
liquid mass transfer, at high kra values (5 times higher),
the vaporization rate (kga) has nearly no influence on
conversion increasing slowly from 30.1 to 35.3%, al-
though the experimental conversion is overestimated by
23—27.8%. The situation becomes very different at low
kra values (5 times smaller) that can generate a very
large underestimation of the conversion up to —85%
depending on the vaporization rate (kga). This suggests
that the gas—liquid mass transfer in upflow operation
is only moderately limiting the reactor conversion. The
Saada?8 correlation giving the best agreement with the
experimental data will be further used in the model
predictions.

Parts a and b of Figure 8 show profiles of the
experimental exit phenol concentration and correspond-
ing simulations for upflow operation. It is seen that the
best agreement with the experimental data is found for
a relation of kg/ky, = 5. Nevertheless, in the range of
conditions studied in this work, it appears that the rate
of water evaporation does not significantly change the
outlet concentration and vapor—liquid equilibrium could
be assumed for simplicity.
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Figure 8. Upflow outlet phenol concentrations: experimental
results (symbols) and corresponding simulations for a fully wetted
catalyst: kga = kra (solid line); kga = 5kra (long dotted line);
instantaneous liquid—vapor equilibrium (short dotted line). (a) Po,
=0.12 MPa: (m) Ty, = 140 °C. Q¢ = 100 NL/h*; (a) Ty, = 160 °C.
Qc = 175 NL/h*. (b) Po, = 0.2 MPa: (®) T, = 140 °C. Q¢ = 100
NL/h*. Asterisks indicate the same inlet gas velocity: ugjnlet =
1.1 x 102 m/s. Gray symbols show experimental results without
correction by catalyst deactivation.

Table 5. Influence of the Particle Wetting Efficiency on
the Simulated Outlet Phenol Concentration in the
Downflow Mode: Po, = 0.12 MPa, Ty, = 140 °C, Qg = 100
NL/h, Fy, = 0.5 kg/h, case kga = »

f 1 0.9999 0.9 0.68*
Cph,out, g/L 3.22 2.18 2.02 2.02

@ Calculated from the El-Hisnawi“? correlation.

However, the slightly positive effect of increasing gas
velocity on the phenol conversion observed experimen-
tally in the upflow mode could not be checked by the
model. If kga is equal to kra, model predictions show
nearly no influence on the gas velocity, or an increase
of the phenol outlet concentration due to higher water
vaporization flux for higher values of kga.

The simulation of the TBR is even more complex when
involving partial catalyst wetting, which is found to
have a strong impact on the reactor performance as
shown in Table 5. As soon as full wetting is not assumed
(f < 1), mass transfer to the dry zone becomes extremely
fast and oxygen mass-transfer limitation vanishes. This
large overestimation of the effect of catalyst wetting in
the model is due to the assumption of a uniform
concentration at the catalyst surface whether wet or dry.
As a consequence, there is no sensitivity to the value of
the external wetting efficiency, with the only important
hypothesis being either fully or partially wetted condi-
tions. Indeed, there is no simple way to account for
multidirectional pore diffusion resulting from nonuni-
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Figure 9. Downflow outlet phenol concentrations: experimental
results (®) and corresponding simulations for fully (f = 1) and
partially (f < 1) wetted catalysts: kga = kra (solid line); kga =
5kra (long dotted line); instantaneous liquid—vapor equilibrium
(short dotted line). Po, = 0.12 MPa: Ty, = 140 °C. Qe = 100 NL/h.

form oxygen transfer to the catalyst surface. The use of
a different overall effectiveness factor for each zone
could be a solution, but it would be very difficult to
implement when limitations due to both the liquid and
dissolved gaseous reactant are present.

The volumetric mass-transfer coefficient remains then
one key model parameter. The correlation of Morsi®®
gives a lower value than that for the upflow mode in
similar operating conditions.?132 In Figure 9, experi-
mental downflow data are thus compared to those of
the two models of either full or partial catalyst wetting.
In general, the experimental data lie mostly between
the two simulations, with oxygen mass transfer being
too fast with any partial wetting and too slow at full
wetting.

These simulation results indicate that the opposite
roles of oxygen mass transfer and water vaporization
are not simply balanced and may have different impor-
tance depending on the reaction and hydrodynamic
conditions. This situation is not often addressed in
modeling of a FBR involving oxidation in the liquid
phase, though corresponding to typical industrial condi-
tions for CWAO, and thus should deserve further
research work.

5. Conclusions

The performances of laboratory-scale and pilot-plant
FBRs have been assessed for CWAO of phenol over AC
at mild conditions. The laboratory-scale FBR performs
high phenol and COD destructions of 99% and 85% in
the downflow mode at 160 °C, 0.2 MPa of oxygen partial
pressure, and a space time of 0.4 h. The upflow mode,
however, leads to lower phenol outlet conversions
because of fully wetted catalyst pellets and stronger
gas—liquid mass-transfer limitations. In contrast, in the
pilot-plant reactor, similar outlet phenol concentrations
have been obtained for both gas—liquid flow directions
over the whole range of operating conditions studied.
Moreover, the distribution of partial oxidation products
is found to depend on the reactor size. In view of the
distinct reactor performance, it is clear that the scale-
up of the FBR for phenol CWAO based on a mere space-
time analogy cannot be recommended.

The pilot-plant reactor has been simulated by a
complex nonisothermal, one-dimensional PDE model,
which includes different vaporization rates during

nonisothermal operation. The effect of water vaporiza-
tion on the reactor performance is shown to be impor-
tant, although it is rarely included in the modeling of
CWAO reactors. On the whole, the model predictions
match conveniently the experimental pilot-plant data
for both flow directions. The model developed represents
with adequate precision the complex interplay of reac-
tion kinetics, hydrodynamics, and mass-transfer phe-
nomena assuming the absence of radial temperature
and concentration gradients. It is thus a very useful tool
to support the proper design of industrial CWAO units
and can avoid the drawbacks of the too simple space-
time approach.
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Nomenclature

A = reactor section area (m?)

C; = concentration of compound j (mol/m?)

C Ig{zo = gas-phase concentration of water vapor (mol/m?)

cpt = liquid heat capacity [J/(kg K)]

cpg = gas heat capacity [J/(kg K]

D; = diffusion coefficient of compound j (m?/s)

Dj‘?ﬁ = effective diffusion coefficient of compound j (m?%s)

D24 = axial dispersion coefficient (m?%/s)

E = activation energy (J/mol)

[ = external wetting efficiency (f = fg + 1)

F1, = liquid feed flow rate (kg/h)

H = Henry’s constant (MPa)

AHY = water enthalpy of vaporization (J/mol)

AH; = heat of the ith reaction (J/mol)

ko = preexponential factor of the rate constant of eq 1 [m?/
(s kg)l

kgs = gas—solid mass-transfer coefficient of oxygen (m/s)

kca = gas-side-liquid volumetric mass-transfer coefficient
of the water vapor (s™1)

kra = gas—liquid-side volumetric oxygen mass-transfer
coefficient (s71)

(ka)jn = dynamic—static liquid volumetric mass-transfer
coefficient of compound j (s71)

kjis = j compound liquid—solid mass-transfer coefficient (m/
s)

) = mass liquid flow rate (kg/s)

né = total molar gas flow rate (mol/s)

”fg—lzo = molar water vapor flow rate (mol/s)

P%ZO = water vapor pressure (Pa)

Prp = total pressure in the reactor (Pa)

Q¢ = gas feed flow rate at normal conditions of 7" and P
(NL/h)

r = particle radial dimension (m)

r; = ith reaction rate [mol/(kg s)]

rp = catalyst particle radius (m)

R = universal gas constant [8.314 J/(kg K)]

R; = total production rate of compound j [mol/(kg s)]

T = temperature (K)

T = reactor wall temperature (K)

hy = wall-to-bed heat-transfer coefficient [W/(m? K)]

w) = liquid superficial velocity (m/s)

ugy = gas superficial velocity (m/s)

V = volumetric flow rate (m?/s)



V& = reactor volume (m3)

Weat = catalyst weight (kg)

x = liquid molar fraction

z = reactor axial dimension (m)

Greek Letters

o = order of reaction of oxygen

€1 = liquid holdup

¢' = Weisz modulus for pore diffusion based on the
observed reaction rate

n; = effectiveness factor of compound j

@ = evaporation rate based on the reactor length [mol/(m
s)]

u = viscosity (Pa s)

o = apparent bed density (kg/m3)

o1 = liquid density (kg/m3)

pe = gas density (kg/m?)

pp = catalyst particle density (kg/m?)

o = surface tension (N/m)

7 = space time, defined as 1 = W.,/F1, (h)

Superscripts

ap = apparent

d = dynamic liquid

g = gas or dry zone

s = static liquid

* = on the catalyst surface

Subscripts

0 = at the entrance of the reactor
b = bed

d = dynamic liquid

H>0 = water

i = reaction index

J = compound index

02 = oxygen

p = particle

Ph = phenol

s = static liquid
T = total

w = wall

Note Added after ASAP Publication. This article
was released ASAP on June 8, 2005, with an error in
the description of the diffusion model following eq 4. The
version posted on June 15, 2005, and the printed version
are correct.
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